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so that a plot of @ vs. m yields a straight line with the
intercept of In (i,). This plot is the so-called Allen-Hickling
plot. This procedure has been used extensively to deter-
mine the exchange current density from potential step
data.

The potential step data were collected with positive
voltage feedback so that the voltage loss due to electrolyte
resistance was compensated properly. The double-layer
charging current is significant only in the initial time pe-
riod. The kinetic current was obtained by square root ex-
trapolation of the current between 0.6 and 1.0 ms to time
zero. At least three measurements were taken at each po-
tential. Sufficient time was allowed between measure-
ments (usually 15 min). The activation polarization curve
for the high-Btu gas is shown in Fig. 3. The corresponding
Allen-Hickling plot is presented in Fig. 4. The exchange
current density calculated according to the above proce-
dure is 1.49 mA/em?, which is more than an order of magni-
tude lower than that of copper (26.3 mA/cm? or nickel
(48.3 mA/cm?). The electrocatalytic activity of lithium fer-
rite is significantly lower than that of nickel or copper. The
Allen-Hickling plots for medium and low-Btu gases are
shown in Fig. 5 and 6. A complete comparison of the three
materials is listed in Table II.

@=In

Summary
An experimental approach was conducted to study the
electrochemical properties of lithium ferrite as an alterna-
tive anode material in MCFC. Some unique characteristics
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were observed: (i) the open-circuit potential was shifted in
the positive direction for lithium ferrite. The measured
OCP is a mixed potential; (i4) the steady state current is
about 60% lower than that of nickel under the same condi-
tions; (iii) two waves were found in the cyclic voltam-
mograms: the first wave is attributed to hydrogen oxida-
tion and the second wave is related to oxidation of Fe’ to
Fe** in the structure; (iv) the exchange current density of
hydrogen oxidation on lithium ferrite is an order of magni-
tude lower than that on copper or nickel; (v) kinetically
speaking, lithium ferrite is not a favorable anode material,
despite its having better sulfur tolerance and sintering re-
sistance than nickel.
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A Boundary-Layer Model of a Parallel-Plate
Electrochemical Reactor for the Destruction of
Nitrates and Nitrites in Alkaline Waste Solutions

Shailesh Prasad, John W. Weidner,* and Andrew E. Farell
Department of Chemical Engineering, University of South Carolina, Columbia, South Carolina 29208, USA

ABSTRACT

Electrochemical processes appear to be attractive for treating low level nuclear wastes. The development of a simple
divided electrochemical-cell model operating in a batch mode, used for the reduction of nitrates and nitrites from nuclear
wastes, is presented. This model, based on a boundary-layer approach, is simple and yet encompasses the key features of
a previously developed distributed-parameter model that includes diffusion, migration, and convection as the flux compo-
nents. Because it dramatically reduces computation time, this boundary-layer model is well suited for use in a complex
interactive flowsheet model and for optimization studies. The boundary-layer model is used to predict partial current
densities, reservoir concentrations, and off-gas compositions as a function of time. Good agreement between simulated and
experimental data (i.e., nitrate and nitrite concentrations and off-gas compositions) is observed over the course of a batch
run. In addition, a comparison with a rigorous distributed-parameter model is made to illustrate the accuracy and robust-
ness of this model. The results of selected case studies are shown, and a preliminary batch optimization is carried out to
show how the model can be used to maximize the destruction of nitrates and nitrites.

Introduction them in a borosilicate glass wasteform. The resulting large

volume (an accumulation of about 150 million gallons) of

Treatment of radioactive wastes from the production of
nuclear materials is an area of widespread attention. At the
Savannah River Site (SRS) in Aiken, SC, approximately
34 million gallons per year of aqueous radioactive waste
resulting from production of nuclear materials is stored in
large underground tanks. The Defense Waste Processing
Facility (DWPF) at SRS is designed to separate the high
level radioactive species from the waste and immobilize

* Electrochemical Society Active Member.

low level radioactive waste obtained after radioactive de-
contamination contains hazardous species in the form of
nitrates, nitrites, heavy metals, and long-lived radionu-
clides. Electrochemical reduction is applicable for treating
this highly concentrated waste and has the added ability
for controlling the reaction selectivity by controlling the
applied current.'?

A flowsheet' of the electrochemical process for treating
the decontaminated waste is shown in Fig. 1. The process
destroys the hazardous species, reduces the waste volume
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requiring permanent storage, and reduces the corrosive-
ness of the waste. The average composition of the decon-
taminated waste is tabulated in Table I. The waste is fed to
the parallel-plate electrochemical reactor as the catholyte
where the nitrates and nitrites are reduced to ammonia,
nitrogen, and nitrous oxide according to the following re-
actions'? (standard hydrogen electrode = SHE)

U* (V vs. SHE)
NO; + H,0p + 2¢” — NO; + 2 OH" 0.01 1]
NO; + 5H,0p + 6e” — NHy + 7TOH™  —0.165  [2]
2NO; + 4H,0p + 6~ — Ny + 8 OH™ 0.406  [3]

2NO; + 3H,0y + 4¢” — N,Oy + 6 OH™  0.15  [4]

The product gases are separated from the liquid waste
and sent to an off-gas processing unit where the toxic gases
(mainly ammonia) are removed, and the nitrogen is vented
to the atmosphere. The catholyte leaves the electrochemi-
cal reactor following 95% reduction of nitrates and nitrites
and is sent to an evaporator/crystallizer where three
streams are produced: (i) crystals containing NaOH and
unreacted nitrates and nitrites are formed in the crystal-
lizer by cooling the evaporator underflow. The crystals are
later dissolved and sent to a low level waste disposal where
the waste is incorporated into a cement matrix and placed
in a near surface vault; (ii) concentrated caustic solution is
withdrawn as a value-added product from the crystallizer;

Table I. Composition of the decontaminated salt-solution simulant.

Component Concentration (M)
NaNO, 1.95
NaNO, 0.6
NaOH 1.33

NaAl(OH), 0.31
Na,SO, 0.14
Na,CO; 0.16

NaCl 0.022

NaF 0.015
Na,CrO, 0.0033
NazPO, 0.0085
Na,Si0; 0.0038
NaB(CgHs), 0.0026

and (i) evaporator overheads are transferred to the Efflu-
ent Treatment Facility for treatment prior to release to
groundwater outfall.

Although the flowsheet depicts the destruction of haz-
ardous species as a continuous operation, in reality each
unit operation is performed in a batchwise manner. The
arrows in the flow diagram in Fig. 1 simply indicate the
direction of material transport. For example, Fig. 2 shows
the unit operation for the electrochemical destruction of
nitrates and nitrites. Since the single-pass conversion is
low (necessary to prevent accumulation of gas within the
electrochemical cell), recirculation in a batchwise fashion
is required to achieve 95% destruction of nitrates and ni-
trites. Each pass through the cell is followed by flashing of
the gaseous products in the recirculation tank. Although
the electrochemical reactor operates in a batch mode, opti-
mal equipment design and proper process scheduling re-
quire a comprehensive analysis of the combined flowsheet.
Recycle streams add additional interaction between the
unit operations. For these reasons, optimization of the pro-
cess flowsheet requires a dynamic flowsheet model.

Our objective is to develop a computationally efficient
electrochemical reactor model. Computational efficiency is
a key requirement of this work since the reactor and the
recirculation tank are to be incorporated into a process
flowsheet model in future optimization studies. This effi-
ciency, however, must be obtained while maintaining the
key features found in the previous reactor model®: (i) multi-
ple reaction pathways for nitrate/nitrite reduction of
which reactions 1 and 3 are most desirable; (i) hydrogen
evolution as a competing reaction; (i#7) transport of nitrates
and nitrites across the separator due to migration and dif-
fusion; (iv) transport limitations of nitrates and nitrites to
the electrode surface caused by migration and diffusion;
and (v) voltage losses due to kinetic and ohmic resistances.

The competing hydrogen evolution reaction mentioned
in item (ii) above is due to the reduction of water

U® (Vvs. SHE)
2E,0y, + 2¢™ — Hyy, + 2 OH" —0.828 [5]

Although the standard potential for water reduction is
significantly more negative than reactions 1 through 4, the
slow reaction kinetics for nitrate and nitrite reduction can
cause a significant portion of the applied current to be con-
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Fig. 2. Divided cell in batch

mode.

sumed by reaction 5.* This undesirable situation is particu-
larly severe if the cell is operated at currents above the
limiting currents of the desired reactions, a situation which
may be difficult to avoid near the end of a batch run when
concentrations of nitrates and nitrites are low.

Some parallel-plate electrochemical-cell models exist in
the literature. Parrish and Newman® presented a one-di-
mensional, distributed-parameter model to analyze the
current distribution of a single reaction in a channel-flow
cell where concentration gradients in the flow direction
were ignored and anode and cathode boundary layers did
not interact. Sakellaropolous and Francis® added multiple
reactions, and they analyzed product selectivity and yield
for a system of two parallel electrocatalytic reductions. Ed-
wards and Newman' extended these works by modeling a
thin-gap channel flow cell with multiple reactions and in-
teracting anode and cathode boundary layers.

White et al.® presented a two-dimensional, distributed-
parameter model of an undivided electrochemical cell
which was used to model multiple reactions at the cathode.
This model described two series reactions for the elec-
trowinning of copper from a chloride solution and used
Newman’s’ BAND algorithm to predict produet selectivity
along with current and energy efficiencies. In addition,
their study presented an analysis of the dependence of cur-
rent efficiency on aspect ratio and Péclet number.

The above models®® form the basis of the work by Cole-
man et al.* in which they developed a two-dimensional,
distributed-parameter model of a divided cell that de-
scribes the destruction of nitrates and nitrites in alkaline
waste solutions. The model assumes laminar flow and in-
cludes the effects of the separator, ionic migration, elec-
trode resistances, multiple reactions, and cell gap. Also, all
the time-dependence is incorporated into the recirculation
tank since the volume of the tank is much greater than that
of the cell. The governing differential equations are trans-
formed into a set of coupled algebraic equations using a
finite-difference approximation for the derivatives. The so-~
lution procedure uses the BAND algorithm to solve for
these transformed steady-state continuity and electroneu-
trality equations in the catholyte and anolyte regions of the
electrochemical cell, and an implicit time-stepping tech-
nique is used to account for the dynamics of the recircula-
tion tank. The model is used to predict the partial current
densities, concentration profiles, and the potential profile
for a given set of operating conditions. This model is, how-
ever, computationally intensive for optimization studies
and for use in the flowsheet simulation of the entire treat-
ment process.

Previous investigations have devised solution procedures
and strategies to reduce computer time using a boundary-

layer approach while maintaining the key features of the
distributed-parameter models. The model presented by
White et al.® was further modified by Mader et al.' to re-
duce the computational time substantially. The axial con-
centration gradient was assumed to be linear and equated
to the ratio of the change in concentration (from inlet to
outlet) to the reactor length. This changed the model from
two-dimensional to one-dimensional (radial direction).
Caban and Chapman'! presented a model which focused
mainly on simpler fechniques for the solution of ordinary
differential equations. They used orthogonal collocation
with new approximating functions to solve for transport in
the boundary layer (with reaction term included), which
gave them concentration profiles and current densities that
agree well with rigorous calculations. Lee and Selman®
presented a model similar to that of Caban and Chapman,™
but they added the effects of separator and electrode resis-
tances. The model developed was for a two-dimensional
parallel-plate flow reactor, using the Zn/Br, system as an
example. Smeltzer and Fedkiw™ used an innovative tech-
nique to analyze the effect of periodic cell voltage control*
on the reduction of nitrobenzene. To model the reactor, they
used the analytic solution to Laplace’s equation in conjunc-
tion with an analytic solution to the transient diffusion
equation within the stagnant boundary layer at the elec-
trode surface.

The stagnant boundary-layer approach is extended here
to include the transport of ions via migration as well as
diffusion across the boundary layer. Coleman et al.* showed
that the migrational component of the flux can dominate
when the current resulting from the hydrogen evolution
reaction is significant. Migration can cause the repulsion of
the negatively charged nitrate and nitrite ions away from
the cathode surface, thus significantly reducing the partial
current densities of the desired reactions.

Since the destruction of nitrates and nitrites involves a
combination of an electrochemical reactor and recircula-
tion tanks in total recycle (Fig. 2), bulk concentrations of
reactants and products must be tracked as a function of
time. In addition to the work by Coleman et al.,* several
time-dependent models for the parallel-plate electrochem-
ical cell with recirculation have been developed.”®*” How-
ever, these models do not simultaneously consider the effect
of potential, ionic migration, electrode kinetics, and flash-
ing of gases produced in the reactor or include time-de-
pendence in the reactor and the recirculation tank.

A boundary-layer model is presented here along with re-~
sults from a few independent case studies (including a com-
parison between model predictions and experimental data)
and a brief discussion of the optimal operation of the cell.
The boundary-layer model has been designed to be used
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mainly as a module in the flowsheet and for optimization
studies. The distributed-parameter model,* though precise,
takes a significant amount of computation time to run. A
comparison between the results from the boundary-layer
model and the distributed-parameter model is presented,
which shows that the boundary-layer model yields accu-
rate results more efficiently.

The equations for the boundary-layer model are written
in SPEEDUP™, @ Aspentech’s dynamic flowsheet simula-
tor. Since the process stream is nonideal (due to the pres-
ence of polar species like water and many gases), the use of
rigorous thermodynamics is desirable. Using SPEEDUP as
the programming environment further facilitates the use of
rigorous thermodynamics. The vapor-liquid-equilibrium
(VLE) data are obtained by connecting the program to
Properties Plus,* which is Aspentech’s physical properties
database.

Model Development

Figure 2 shows the batch electrochemical system. The
divided cell is a parallel-plate electrochemical reactor with
a separator between the cathode and the anode. Previous
researchers'®" have reported significant oxidation of ni-
trites to nitrates and a high possibility of NH; and O, form-
ing an explosive mixture in an undivided cell. The use of a
separator minimizes oxidation of the nitrites to nitrates at
the anode and also prevents free mixing of NH, and O,. The
purpose of the recirculation tank is to process a large sys-
tem inventory and to enable the gases trapped in the stream
to flash. Table II gives the simulated feed composition of
the anolyte and catholyte at the start of the batch run.

Model assumptions.—The following assumptions are
used to develop the batch electrochemical reactor model.

1. The dynamics of the reactor are fast relative to recircu-
lation tank dynamics.

2. No homogeneous chemical reactions occur in the
reactor.

3. Dilute solution theory applies.

4. The Nernst ~ Einstein equation (x; = D,/(RT) applies.

5. The Butler-Volmer equation can be used to describe
the reactions at the electrode surface.

6. Isothermal conditions exist.

7. The gases produced at the electrode surface stay in
solution in the reactor and are flashed on entering the re-
circulation tank.

8. The solution conductivity is uniform in each of the
anolyte, catholyte, and separator regions.

9. Perfect mixing is achieved in the recirculation tank.

10. The physical transport parameters are constant.

11. The density of the process stream remains constant.

12. The concentration of gases in the anolyte stream
is low.

Assumption 1 is valid because the volume of the reactor
is small compared to the recirculation tank. Assumptions 2
through 6 are common to most parallel-plate electrochemi-
cal reactor models. Assumption 7 holds because the amount
of gas produced at each pass is always below saturation
limits, because the conversion per pass is low. Assumption
8 arises from the fact that the conductivity is a function of
the sum of the species concentrations and remains almost
unchanged (since all the species in the simulated waste
carry unit charges, and electroneutrality is maintained).

® These products are available through Aspen Technology, Inc.,
Ten Canal Park, Cambridge, MA 02141, USA.

Table li. Feed composition used in the simulations.
The values in parentheses were used in the constant-current
batch run shown in Fig. 5.

Initial catholyte Initial anolyte

composition composition
Species (M) (M
NO; 1.95 (1.82) 1.95 X 107°
NO; 0.6 (0.56) 0.6 X 107*
OH" 1.33 3.8797
Na* 3.88 (3.71) 3.88
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Assumptions 9 through 11 are common in continuous
stirred tank reactor (CSTR) modeling. Assumption 12 is
based on results from preliminary studies.**®

Governing equations for a single pass.—The function of
the electrochemical reactor is to destroy the nitrates and
nitrites. This is achieved by reducing them to gases such as
nitrogen, ammeonia, and nitrous oxide. Reactions 1 through
5 occur at the cathode, and the following oxygen evolution
reaction is the main reaction at the anode

U® (V vs. SHE)

4 OH™ — Oy + 2H,0q + e 0.401 6]

Due to assumption 12, reactions 2 through 5 are ignored
at the anode but reaction 1 is considered by including the
transport of nitrites through the separator. The reactions
can be written in the following general format®

Z Mt — ne” [7]

In this format, the stoichiometric coefficient, s, is positive
for products and negative for reactants when the reaction is
written as a reduction.

The Butler-Volmer rate expression is used to relate the
partial current (i) associated with reaction j to the surface
concentration (C;,) of species i and the overpotential (n;)} for
reaction j. The Butler-Volmer rate expression relative to
reference conditions can be written for the catholyte as*®

a
@:@M{n(%%Y%wmm—n(gﬁ)%wwmﬂ [8]
3 1,re: i

i,ref

where
Nty = Ve — &, ~ Uy, for reactions at the cathode
Neetj = Va — &, — Ures; for reactions at the anode
1 1
Upery = Uy ~ Zf 2 In (Cj,ref) o
and

Dy =8y qy=0ifs;>0; Py=0, qy=—s;ifs;<0

The expression relating ¢. and ¢, based on assumption 8 is

¢a = ¢c + Z.t‘ql%cell [10]

where
Ru= L (S, 50, 59
cell = A K, Ks Ke

where

B ’D.C

Ke = RT E 2 iCipe

and

2
Ka = RT 2 ZiZDiCi,b,a

In Eq. 8, the term C;,. is unknown. Therefore a relation
between this quantity and other system variables must be
developed. Both diffusion and migration contribute to the
flux of species i through the diffusion layer and therefore
the flux is given by

dC; zDF c dé [11]

Ni=-D de RT “‘dx

Since the potential drop across the catholyte is constant
(due to assumption 8), Chm’s law allows the (d¢/dx) term
to be replaced by (—i/k.) to give

dC,  zDF i,
vdx T TRT Ke G (12]
Further, the flux of species i in the boundary layer is as-
sumed to be constant and related to the total current den-
sity (i,) as follows

Ni=-D

it

E

(13]

3
S|

1

N=-3
i
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Substituting Eq. 13 into Eq. 12 and integrating across the
boundary layer from x = 0 to x = §, gives the surface concen-
tration for species i as

C(EN;)(CD&) 4
where
and

=34
i

The boundary-layer thickness, 3, is related to the mass-
transfer coefficient (which in turn is related to the Nusselt
number) as follows

D, _2S

%= kys T Ny

[16]

Newman® gives an expression for the average Nusselt num-
ber for flow between two planar electrodes which is accu-
rate for long electrodes (i.e., fully developed flow)

1/3
Ny, = 1.8488 (B%C*% ~04 7]
in which
Re = do
v
and
v
SC1 = 51

The —0.4 term on the right side of Eq. 17 is included to
account for a fully developed boundary layer in a long
channel. Equations analogous to 8 through 14 can be writ-
ten for the anolyte boundary layer as well.

Butler-Volmer equations (Eq. 8) for each reaction are
solved simultaneously along with Eq. 10 and a set of equa-
tions governing the surface concentrations (Eq. 14) to eval-
uate the individual current densities. Coleman et al.* use
Eq. 8 through 12 along with a convective term in the direc-
tion of flow to evaluate the current densities. This approach
requires coupled partial differential equations to be solved
throughout the cell gap using a numerical procedure. The
boundary-layer model assumes that all the concentration
gradients lie within a region near the electrode surface.
Hence, once the boundary-layer thickness (3,) is estimated
for a particular flow configuration, the current densities
can be evaluated. Therefore, the analytic solution for the
surface concentration (Eq. 14) is applicable for any flow
system in which a boundary-layer thickness can be esti-
mated [e.g., rotating-disk electrode (RDE), parallel plate
under turbulent flow conditions]. The results presented
here are for a laminar system. For a furbulent flow system,
the estimated boundary-layer thickness decreases, and
therefore reactions 1 to 4 are enhanced. For this reason, the
boundary-layer model is versatile and can be modified eas-
ily to handle any flow system or cell configuration. The
distributed-parameter model cannot be modified as easily
since the velocity profile in the catholyte/anolyte govern-
ing equations must be changed.

Governing equations for a batch run.—The batch system
consists of the electrochemical reactor and two recircula-~
tion tanks. The main purpose of the recirculation tanks is to
allow processing of a large system inventory. It also aids in
the flashing of gases trapped in the process streams. Due to
assumption 1, which states that the dynamics of the reactor
are negligible, the species molar balance in the catholyte
portion of the batch cell (Fig. 2) is written as

d (Vres CCIb c)

Z-LL AN, — Foic [18]

where N, represents the net flux through the separator.
The vapor flow rate (F,.) and mole-fractions (y;.) are evalu-

3819

Table 1ll. Kinetic parameters, physical parameters, and operating
condifions used in the simulafions. Values in parentheses
were used in the constant-current batch run shown in Fig. 5.

Exchange current densities (A/cm?): *

Reaction 1 (cathode) 8.0 x 107%°
Reaction 2 8.5 X 1071
Reaction 3 3.0 X 10718
Reaction 4 1.5 x 10713
Reaction 5 3.0 X 10°¢
Reaction 6 1.9 x 1074
Reaction 1 (anode) 1.0 X 10718
Diffusion coefficients (cm?/s):
Na* 1.334 X 107°
OH" 5.26 X 107°
NO; 1.902 x 107
NO; 1.902 x 107°
N, 19 x107°
NH, 2.168 X 107°
N,0 1.801 X 107
0, 2.151 X 10°°
H, 2.322 X 10°°
Catholyte volume 700 cm?®
Anolyte volume 7000 cm?®
Cell length 10.0 cm
Cell width 10.0 cm
Electrode gap 1.25 ecm
Avg axial fluid velocity 10.5 cm/s (13.5 cm/s)
Separator thickness 0.05 cm

MacMullin number

5.0
Volumetric flow rate 63.0 cm®¥/s (81 em®/s)

ated using the “flash” routine in the SPEEDUP library. The
“flash” routine solves for the component balances and the
enthalpy balance by using the necessary vapor-liquid-
equilibrium relationships and volume constraints. The in-
put parameters to the “flash” routine are the inlet flow
rate, inlet composition, pressure, and temperature of the
flash tank. The physical properties are obtained using
Properties Plus. A similar procedure can be written for the
anolyte portion.

An equation analogous to Eq. 12 can be written for the
flux of species i across the separator

dC; +leeF iy
Y dx RT  «,

Ni;=-D, C [19]

Integrating Eq. 19 by using the known concentrations on
both sides of the separator and rearranging gives

Nig=[Cipa — Cipe e™™] [ D; ey«;-ss ] [20]
g 1 — e iss
where
_D _ zF
Di,e = Nm and 'Yi,s - ERTKS
and

2

o,
Ks m ; Zi Dl,e(ci,b,c + Ci,b,a)Nm

The separator used here is permeable to all species. The
effective diffusion coefficient and the conductivity are
characterized by a MacMullin number,®® N, which is a
function of the separator’s porosity and tortuosity.

The boundary-layer model assumes that the gases pro-
duced remain in solution inside the electrochemical reac-
tor. After passing through the reactor, a flash occurs in the
recirculation tank. The SPEEDUP program is connected to
Properties Plus so that the physical properties and VLE
calculations can be determined accurately. Properties Plus
uses the UNIFAC* [UNIQUAC (universal quasi chemical)
functional-group activity coefficients] approach to per-
form VLE calculations.

Results and Discussion

Results from a single-pass calculation and from batch
runs are presented using the physical and kinetic parame-
ters obtained by Coleman et al.* (listed in Table III). The
diffusion coefficients used for the ionic species were from
limiting ionic conductivity data.’ Those for gases were esti-
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Fig. 3. Total current density (i) as a function of the potential differ-
ence at the cathode vs. SHE {V,— &J. The single-pass simulation is
performed at the initial feed concentrations.

mated from the Wilke-Chang estimation method assuming
that water is the solvent. The values for the exchange cur-
rent densities were chosen to match the experimentally
measured® nitrate and nitrite concentrations and off-gas
cormpositions as a function of charge passed (as pointed out
later in reference to Fig. 8 and 9). The validity of these
parameters is demonstrated by comparison with experi-
mental data from a batch run (see discussion under batch
simulation results).

Single-pass simulation at the initial feed concentra-
tions.—In a single pass, the system concentrations undergo
a negligible change, and consequently the current-voltage
relationships at the anode and cathode are unaffected by
the transport across the separator and the dynamics of the
flash tank. Therefore, the reaction currents at the cathode
are isolated from those at the anode. In addition, the single-
pass results are used to determine how accurately the
boundary-layer model treats transport of ions to the elec-
trode surface by comparing them with results from the dis-
tributed-parameter model.* Single-pass studies also are
performed at various times during a batch run to illustrate
that an optimum current exists, and how this optimum
changes during the run.

Figures 3 and 4 result from a single-pass simulation at
the initial feed concentrations shown in Table II. A single-
pass simulation is performed by solving Eq. 8, 10, and 14
using the boundary-layer approach where the thickness of
the boundary layer is evaluated from Eq. 16 and 17. The
abscissa on these curves is the potential difference of the

ij (Afem?)
2

— Boundary-layer model

03 ---- Distributed parameter model

L 1
-1.5 -1.4 -13 -1.2 -1.1 -1.0 0.9 -0.8 0.7
Ve - ¢ (V vs. SHE)

Fig. 4. Comparison of the cathodic current density curves between
boundary-layer and distributed-parameter models. The single-pass
simulation is performed at the initial/feed concentrations. The pre-
dictions match well for (V. — ¢} = —0.7 to —1.3 V. Beyond —1.33V,
the assumption of a linear potential gradient in the boundary layer
overestimates the migrational flux, and hence underestimates the
reaction current. The labels denote the products from reactions 1
through 5.
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cathode relative to an SHE. This potential difference rela-
tive to the thermodynamic reference potential of a particu-
lar reaction is the overpotential driving force for that reac-
tion. Since the results from the boundary-layer model
shown in these figures are not affected by the separator or
the flash tank, they are applicable for an RDE, a parallel-
plate reactor, or any flow system in which a boundary layer
is established. For example, the boundary-layer thickness
for nitrate in Fig. 3 and 4 is 0.01645 cm, which is equivalent
to a rotation speed of ~20 rpm on an RDE.

In Fig. 3, negligible current is obtained at a potential
difference less negative than —0.7 V due to the slow kinetics
of reactions 1 through 5. As the potential difference be-
comes more negative, two current plateaus are observed at
—1.1 and —1.3 V. This suggests that two reactions reach
their limiting current before the water reduction reaction
dominates at potential differences more negative than
—1.4 V vs. SHE. However, if the exchange current density
for the water reaction is greater, or those for nitrate and
nitrite reactions are less than those shown in Table III,
these two plateaus are not visible. Therefore, little quanti-
tative or even qualitative information can be obtained from
an experiment that gives only the total current vs. the ap-
plied potential difference.

Figure 4 shows the current-voltage curve from Fig. 3 sep-
arated into the individual reactions. Analogous curves gen-
erated from the distributed-parameter model* are shown
(in dotted lines) for comparison. A thorough description of
these curves is presented before analyzing the agreement or
discrepancy between the two set of curves.

Considerable insight regarding the interactions of reac-
tions 1 through 5 can be obtained by examining the indi-
vidual reaction currents vs. the applied potential differ-
ence. At potential differences less negative than —1.0 V, the
system is under activation control with only reaction 1 pro-
ceeding at an appreciable rate. At approximately —1.1 V,
reactions 2 through 4 begin to contribute to the overall
current, and reaction 1 becomes limited by the rate of diffu-
sion of nitrate to the electrode surface. This corresponds to
the first plateau seen in Fig. 3.

At potential differences more negative than —1.1 V vs.
SHE, reactions 2 through 4 begin to dominate, and the rate
of reaction 1 decreases. This anomalous behavior is due to
the migrational component in Eq. 12. As the total current
increases, the potential gradient across the boundary layer
increases in magnitude. Since the nitrate ion is negatively
charged, it is forced away from the cathode causing the
reaction rate to decrease. The nitrite ion is also forced away
from the cathode, but the rates of reactions 2 through 4 do
not begin to decrease immediately due to simultaneous
production of nitrite through reaction 1. The production of
nitrite at the surface delays the onset of mass-transfer lim-
itations. Therefore, the rates of reactions 2 through 4 con-
tinue to increase even though the rate of reaction 1 de-
creases due to migration. At potential differences more
negative than —~1.45 V vs. SHE, reaction 5 proceeds at a
significant rate, and the reaction rate for reactions 2
through 4 decreases below the diffusion-limiting current.
The peak in the NH; partial current occurs at the largest
cathodic overpotential since the order of reaction 2 (de-
fined as the stoichiometric coefficient of NO; relative to the
number of electrons) is much lower than that for reactions
3 and 4. This relatively small dependence on the reactant
(i.e., NO;j) surface concentration causes the NH; curve to
keep rising, even though the N, and N,O curves begin to
decrease.

From a comparison viewpoint, it can be seen that excel-
lent agreement is observed between the two models at the
onset of mass-transfer limitations for reaction 1, which
demonstrates that transport to the electrode surface can be
well characterized by a boundary-layer approximation.
Some discrepancy between the two models is observed at
higher currents since the distributed-parameter model pre-
dicts a slight parabolic potential profile in this region. The
linear potential profile assumed in this model introduces a
slight underprediction of the partial currents, but this dis-
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Fig. 5. Comparison of nitrate and nitrite conceniration predictions
with experimental data as a function of total charge passed. The
experiment was performed at a current density of 0.5 A/cm?. All
other parameters are shown in Tables Il and Ill. MC is defined as
million coulombs.

crepancy occurs in a region where the cell operation is un-
desired (i.e., high hydrogen partial currents). The percent
difference between the partial current densities predicted
by the two models is approximately the same for each reac-
tion, but the absolute difference is the greatest for NH,
production.

Batch simulation results.—In a batch run, changes in
species concentrations with time cause movement of ions
across the separator. In addition to the single-pass equa-
tions (8, 10, and 14), the time-dependent Eq. 18 must be
solved to track the current densities with time. The simula-
tion of the batch cell provides a rough estimate of the en-
ergy consumed and the time required for 95% reduction of
nitrates and nitrites. At the cathode, it is desirable to max-
imize the partial currents for reactions 1 through 4 and
minimize the partial current for reaction 5 (production of
H,). At the anode, it is desirable to maximize the efficiency
of reaction 6 (oxidation of OH™) and minimize that of re-
verse reaction 1 (oxidation of nitrite to nitrate).

Three batch runs were performed, one at a constant cur-
rent density of 0.5 A/em?, and the other two at cell voltages
of 3.5 V (low-voltage run) and 5.65 V (high-voltage run).
The constant-current run is compared to experimental
data® to demonstrate the validity of the parameters used in
the simulations. For each of the constant-voltage cases, the
catholyte recirculation tank volume and anolyte recircula-
tion tank volume were kept at 700 and 7000 ml, respec-
tively. During these three batch simulations no attempt was
made to optimize the reactor operation.

A comparison of the nitrate and nitrite concentration
predictions with experimental data® is shown in Fig. 5. The
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Fig. 6. Partial current fractions for the five cathodic reactions as a
function of total charge passed for the low-voltage run. Cell voltage
is 3.5 V. Toward the end of the baich run, reaction 5 {H, production)
increases rapidly.
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Fig. 7. lonic concentrations in the catholyte recirculation tank as a
function of total charge passed for the low-voltage run. Cell voltage
is 3.5 V.

operating parameters for this run are identical to those
used in all other simulations, except for the values shown in
parentheses in Tables II and III. There is good agreement
between the model predictions and data, thus validating
the kinetic and physical parameters used in the simulation.
Toward the end of the batch run (charge passed > 0.6 MC)
there is some discrepancy which may result from the over-
simplified treatment of ion transport across the separator.
The composition of the off gas predicted by this simulation
also agrees with experimental data. In the first half of the
run, the ratio of N,:NH;:N,0:H, measured experimentally
is about 18:2:12:68, while the model predicts the ratio to be
18:2:12:51.

Figure 6 shows a plot of the partial current fractions at
the cathode vs. total charge passed for a batch run per-
formed at a constant cell voltage of 3.5 V. The total charge
passed is the time integral of the operating current. The
initial cell current for the batch run was 0.42 A/em? which
corresponds to a potential at the cathode of —1.1 Vin Fig. 3
through 5. The cell current ranged from a maximum of
0.42 A/em? to a minimum of 0.3 A/cm?®. Initially, nitrate
reduction (reaction 1) has the largest partial current frac-
tion. It gradually decreases during the run as the nitrate
concentration decreases. In contrast, the fraction of current
going into reactions 2 through 5 increases through the first
half of the run.

The initial increase in the current associated with reac-
tions 2 through 4 is due fo an increase in nitrite concentra-
tion which is caused by the high rate of destruction of ni-
trate (reaction 1). Midway through the run, the nitrite
concentration begins to decrease, reducing the rate of reac-
tions 3 and 4. However, the rate of reaction 2 is not immedi-
ately affected (and continues to rise) because its reaction
order (defined as the stoichiometric coefficient of NO; rela-
tive to the number of electrons) is much lower than those of
reactions 3 and 4. By the end of the run, little nitrate and
nitrite remain, and almost all the current is due to H, evolu-
tion (reaction 5). Even at the end of the run (at low NO; and
NO; concentrations), the partial current fraction for reac-
tion 2 is high (~0.2). This too can be attributed to the fact
that the order of reaction 2 is much lower than the orders of
reactions 3 and 4. This relatively small dependence on the
surface NO; concentration causes the NH; curve to de-
crease much more gradually than the N, and N,O curves.
The partial current fractions at the anode are not shown
since reaction 6 consumes nearly all the current.

Figure 7 shows the ionic concentrations in the catholyte
recirculation tank vs. charge passed. It can be seen that the
concentrations of nitrates and nitrites are reduced 95%
over the course of the run. An initial increase in the nitrite
concentration is observed because its rate of production
from reaction 1 exceeds its rafe of destruction (from reac-
tions 2, 3, and 4). After about 2 h, the nitrite concentration
begins to decrease since little is now produced via reac-
tion 1. The nitrate concentration shows an exponential de-
crease, the same trend that is seen experimentally.?
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Fig. 8. Off-gas composition from the catholyte recirculation tank as
a function of total charge passed for the low-voltage run. Cell voltage
is 3.5 V. N, is the main component of the off gas during the initial
phase of the simulation, while H, evolution becomes significant dur-
ing the terminal phase. NH; and N,O are the other major compo-
nents of the gas phase.

From simulation results, approximately 7.4 h are needed
to destroy 95% of the nitrates and nitrites. To increase the
percent destruction from 95 to 98% takes an additional 3 h.
Therefore, carrying out the reduction beyond 95% signifi-
cantly increases the operating cost, which in turn increases
the overall cost of treating the waste.

The catholyte off-gas compositions are shown in Fig. 8. It
can be seen that N,, N,O, and H, are the major gases pro-
duced at the beginning of the run, even though the partial
current fractions for reactions 4 and 5 are lower than those
of reaction 2 (NH; production). This is because the solubil-
ity of NH, is much higher than those of N,, N,0, and H,. The
low amount of O, observed in the catholyte is due to the
diffusion of anodically produced oxygen through the sepa-
rator. Experiments also show a similar trend with regard to
the relative amount of each gas generated (i.e., N, and H,
are the major gases, followed by N,0 and NH;). After most
of the nitrates and nitrites are destroyed, hydrogen be-
comes the major off gas. As a result, the total gas flow rate
prediction shows an abrupt rise at around 0.5 MC.

Figure 4 illustrates that, for a potential difference at the
cathode of —1.1 V, most of the current is going into reaction
1 with little production of H,. The main objective, however,
is to destroy both nitrates and nitrites as quickly as possi-
ble and not necessarily minimize the fraction of current
going into H, evolution. Therefore, a batch run at 5.65 V
was performed to investigate the consequence of operating
at high destruction rates. The initial current for this run
was 1.38 A/cm?, corresponding to a potential difference at
the cathode of —1.4 V in Fig. 3 and 4. The cell current
ranged from a maximum of 1.38 A/ecm?® to a minimum of

100
90 B
g0 [ T

0 -
60 HZ

sof e
wl ’/."" Tl -
wof 7
w0k
L

Partial current fraction

0 -
0.0 0.5 1.0 1.5 2.0 2.5
Total charge passed (MC)

Fig. 9. Partial current fractions for the five cathodic reactions as a
function of total charge passed for the high-voltage run. Cell voltage
is 5.65 V. It can be seen that most of the current goes into production
of H, ot this high voltage.
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a function of fotal charge passed for the high-voliage run. Cell
voltage is 5.65 V.

0.85 A/cm®. The rest of the parameters were left unchanged.
The resulting plots are shown in Fig. 9 through 12.

A plot of the cathodic partial current fractions vs. total
charge passed is shown in Fig. 9. It can be seen that, except
for early in the run when the NH; production rate is high,
most of the cell current goes into H, production (reaction 5).
The high H, partial current results because reactions 1
through 4 are under mass-transfer control during the entire
batch run. This is the reason why no peaks (Fig. 6) are
observed. The large rate of H, production represents a sig-
nificant amount of energy going into an undesired product.
By the end of the run, little nitrate and nitrite remain, and
hence the efficiency of reaction 5 is approximately 100%.

Figure 10 shows the ionic concentrations in the catholyte
recirculation tank vs. charge passed for the high-voltage
run. The cell voltage is maintained constant at 5.65 V. Un-
like the low-voltage case, the nitrite concentration shows a
constant decrease because the rate of nitrite destruction
from reactions 2, 3, and 4 is much greater than the rate of
production from reaction 1. This is due to the high current
associated with reaction 2. The catholyte off-gas composi-
tions are shown in Fig. 11. It can be seen that H, and NH,
are the major gases throughout the run as indicated by the
high partial current fractions associated with their produc-
tion. As mentioned earlier, the large rate of H, production
represents a significant loss of energy, and therefore it must
be reduced. This is one reason for performing optimization
studies. Again, the low amount of O, observed in the
catholyte is due to the diffusion of anodically produced
oxygen through the separator.

As mentioned earlier, to obtain 95% conversion of the
total concentration of nitrates and nitrites at 3.5 V requires
~7.4h. At 5.65 V, the processing time is reduced to 6.4 h, but
the total required charge passed increases by a factor of 2.5.
This represents increased operating costs.
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Fig. 11. Off-gas composition from the catholyte recirculation tank
as a function of tofal charge passed for the high-voltage run. Cell
voltage is 5.65 V. H, is the main component of the off gas throughout
the run, while NH; evolution is significant during the initial phase.
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Batch optimization.—The previous sections focused on a
batch simulation where the cell voltage was held constant.
However, there is an optimal operational path in which the
cell voltage (or cell current) is varied over the course of the
batch run. We now briefly consider how the model can be
used to determine optimal batch cell operation.

To minimize reduction time, we must maximize the de-
struction current (current going into reactions 1 to 4). Fig-
ure 12 shows the plot of destruction current vs. total cur-
rent at different points in time (represented by total charge
passed) during the low-voltage batch simulation. A peak in
the destruction current on each curve corresponds to the
optimum total current with respect to the destruction rate.
The gradual decrease in destruction current at high total
currents is due to the migrational effect which repels the
nitrates and nitrites away from the cathode at high cur-
rents, thereby increasing the current going into H, produc-
tion (reaction 5). The low-voltage run operates at a low
destruction rate throughout most of the batch run; the
high-voltage run operates near the maximum destruction
rate at the start of the batch run, but moves beyond the
maximum after the start of the batch.

Clearly, adjusting the operating current to pass through
these maxima throughout the batch minimizes the time to
reach 95% conversion of nitrates and nitrites. However,
such a strategy may generate an unacceptable amount of
H,. For example, applying an operating current of 1.4 A/
cm® (the peak destruction rate) at the start of the batch
results in 0.2 A/cm® going into H, production. A simple
optimization formulation which takes into account H, pro-
duction is

Max {}é ij} [21]
4
S

subject to ]; L= €

2

gl

Equation 21 maximizes the sum of the partial current
densities of reactions 1 through 4 and hence maximizes the
destruction rate of nitrates and nitrites. The variable ¢, is
the destruction efficiency, defined as the ratio of the sum of
partial current densities of reactions 1 through 4 to the
total current density. The constraint on €4 puts a limit on H,
evolution and thus provides a trade-off between acceptable
H, production and total processing time.

Figure 13 further illustrates the advantage of operating
the batch runs subject to the constraint on €;. The symbol o
indicates the maximum destruction current subject to ¢; =
0.98. The symbol X in the figure corresponds to the maxima
from Fig. 12. At the start of the batch run, for example,
operating at 1.38 A/cm® yields a destruction efficiency of
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82%. Decreasing the total current by 0.38 A/cm? results in
an increase in destruction efficiency to 98% (¥, production
rate decreases by approximately 95%) while reducing the
destruction rate only by 10%. Also shown in Fig. 13 is the
efficiency during the low-voltage run (indicated by the
symbol *). Nearly 100% destruction efficiency was attained
during the first half of the batch run, and as a result little
H, was produced. The efficiency dropped to about 10% by
the end of the batch run. Unfortunately, the overall de-
struction rate was low. By comparison, at the beginning of
the batch, the high-voltage case yielded high destruction
rates, but only 82% destruction efficiency. Near the end the
batch, this destruction efficiency was around 2%.

Conclusion

A simple boundary-layer model for the electrochemi-
cal destruction of nitrates and nitrites in a parallel-plate
reactor has been presented. It includes the effect of poten-
tial, ionic migration, electrode kinetics, and flashing of
gases in the reactor. The model is suitable for optimization
studies and for use in a flowsheet model for the treatment
of liquid radioactive wastes. A single-pass calculation of
the boundary-layer model shows excellent agreement with
the distributed-parameter model prediction in the range of
interest, indicating that the transport to the electrode
surface can be well characterized by a boundary-layer
approximation.

Three batch simulations were run, one to test the validity
of the model parameters and the other two to evaluate the
effect of cell voltage on the overall destruction rate of ni-
trate and nitrite. Good agreement between simulated and
experimental data (i.e., nitrate and nitrite concentrations
and off-gas composition) is observed over the course of the
constant-current batch run. For the constant voltage run of
3.5V, initially a sizable fraction of the total current goes
into destroying nitrates and nitrites, but near the end of the
batch run almost all the current contributes to H, evolu-
tion. N,, N,0, and H, are the major gases produced. At a
fixed cell voltage of 5.65 V, except for early in the batch run
when NH; production is significant, nearly all of the cur-
rent goes into H, evolution. NH; and H, are the major gases
produced. The overall destruction rate is greater in the
high-voltage run than in the low-voltage run. To obtain
95% conversion of the total concentration of nitrates and
nitrates, 7.4 h are required at 3.4 V and 6.4 h at 5.65 V.

A preliminary optimization of the batch reactor shows
that at each point in time during the batch there exists an
optimum cell voltage (or cell current) which maximizes the
overall destruction rate of nitrates and nitrites. To keep
hydrogen evolution at reasonable levels (high H, genera-
tion leads to high operating costs and unsafe operating
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Fig. 13. Destruction current efficiency vs. total current from the
low-voltage run. o denotes the optimal operating currents at which
the reactor should be operated to maximize the destruction of ni-
trates and nitrites while preventing unacceptable levels of H, genera-
fion at each point in time. X denotes the position of peaks from
Fig. 12. * denotes the destruction efficiency at various times during
the low-voltage run.
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conditions), the destruction efficiency must be maintained
above a minimum constraint. This optimum cell voltage (or
cell current) is a function of nitrate and nitrite concentra-
tion and therefore changes as the batch progresses.
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LIST OF SYMBOLS

A electrode area, cm?

Cix: concentration of oxidized S}B)emes in reaction j at
reference conditions, mol/cm

Ci;. concentration of species i at the anode surface,
mol/em®

C.pa bulk concentration of species i in the anolyte,
mol/em?

Ci;. concentration of species i at the cathode surface,
mol/em®

C.». bulk concentration of species i in the catholyte,

mol/cm?

equivalent diameter of the flow regmn cm

diffusion coefficient of species i, cm?/s

Faraday’s constant, 96,487 C/mol

F/RT C/J

outlet flow rate of the vapor phase, mol/s

partial current density of reaction j, A/cm

exchange current density of reaction j, A/cm?

total current density, A/cm?®

mass-transfer coefficient of species i, cm/s

length of the electrochemical reactor, cm

species i indicator

flux of species i in the boundary layer, mol/em® -

flux of species i through the separator, mol/cm® - s

MacMullin number

number of electrons taking part in reaction j

order of reaction j with respect to reactant i

order of reaction j with respect to product i

universal gas constant, 8.314 J/mol K

Re Reynolds number

R,  rate of generation of species i due to homogeneous
reactions, mol/s

S Electrode gap, cm

Sc;  Schmidt number for species i

stoichiometric coefficient of species i in reaction j

U®  hermodynamic potential of the reaction at standard
conditions, V

U  thermodynamic potential of the reaction at reference
conditions, V

v velocity of the fluid flow, cm/s

V, potential of the metal anode, V

V. potential of the metal cathode \Y

V.. volume of the catholyte cornpartment of the cell cm?®

V.. volume of the catholyte recirculation tank, cm®
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Y. mole fraction of species i in the vapor phase
2 charge carried by species i

Subscripts

anolyte region

bulk conditions

catholyte region

feed stream

species

reaction

ref reference conditions

res conditions in the reservoir

S conditions at the electrode surface

Greek

o, anodic transfer coefficient

o,  cathodic transfer coefficient

9; diffusion length, cm

S separator thickness, cm

€ destruction efflclency for optimization purposes

v (@Fi)/RTk,), em™

Net; Overpotential of reaction j at reference conditions, V
Ka conductivity of the anolyte, Q!

Ke conductivity of the catholyte, Q crn
Kg conductivity of the separator, 1

v kinematic viscosity of the fluid, cmz/s
¢ potential in the electrolyte, V

= O O

-1
-1
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